This study reports the technical performance of an advanced configuration of the calcium looping (Calooping) process, called Ca-Cu looping, for the reduction of CO 2 emissions from a subcritical CFB power plant with a net output of 250 MW e . In this new process concept, the thermal power requirement in the calciner is satisfied using a chemical looping combustion cycle. Thus, the power consumption associated with the air separation unit that is required in the conventional Ca-looping process scheme can be eliminated. The reference power plant has also been modified to integrate oxy-combustion, Ca-looping and amine scrubbing technologies for comparison. The fully integrated process flowsheets have been simulated using Honeywell's UniSim Design Suit R400. For a more accurate prediction of the CO 2 capture efficiency in the carbonator of the Ca-Cu looping process, the experimentally obtained cyclic activity of a novel copper-functionalised, calcium-based composite sorbent has been implemented yielding a rigorous carbonator model. The process simulations also include a comprehensive analysis of the CO 2 compression and purification unit as well as a heat exchanger network optimized using pinch analysis for the recovery of excess heat from the high temperature gas and solid streams available in the Ca-looping and Ca-Cu looping processes. Compared to the energy penalty of 10.5 percentage points for a conventional amine scrubbing configuration, the Ca-Cu looping process evaluated in this study achieves the same overall CO 2 capture efficiency with a significantly reduced energy penalty of 3.5 percentage points; the lowest value for all CO 2 capture architectures assessed here.
the CO 2 capture step in CCS accounts for 75-85% of the overall cost associated with CCS. Therefore, it is important to develop efficient and cost-effective CO 2 capture technologies.
Among various CO 2 capture technologies, absorption, oxycombustion and calcium looping (Ca-looping) processes have received substantial interest. In this regard, amine scrubbing is the most mature technology for post-combustion CO 2 capture. The most widely applied amine-based sorbent is monoethanolamine (MEA). It has been used for over 80 years (Bandyopadhyay, 2011) and several techno-economic studies are available for this process (EPRI, 2009; Finkenrath, 2011) . In the oxy-combustion process, instead of air, almost pure oxygen (≥95 mol%) is used for combustion yielding, after the condensation of steam, an almost pure CO 2 stream (>90 mol%) in the flue gas (Jared et al., 2010) . The Babcock & Wilcox Company has demonstrated the oxy-combustion concept on the 30 MW th scale (McCauley et al., 2009) .
The Ca-looping process, based on a reversible reaction between CaO and CO 2 , is a promising and effective way to capture CO 2 from large point sources. It has attracted significant interest owing to the use of cheap and widely available sorbents (CaO). The Ca-looping technology has been tested at different scales including a 1.9 MW th pilot at ITRI, Taiwan (Chang et al., 2013) , a 1.7 MW th pilot in La Pereda, Spain (Arias et al., 2013) , a 1 MW th pilot plant at TU Darmstadt, Germany (Kremer et al., 2013 ) and a 75 kW th dual fluidized bed system in CanmetENERGY, Canada (Lu et al., 2008) . The postcombustion Ca-looping process was first proposed by Shimizu et al. (1999) and typically comprises two interconnected circulating fluidized bed (CFB) reactors. In the first reactor, called carbonator, CO 2 from the flue gases reacts with CaO at 600-750 • C. The product, CaCO 3 is regenerated back to CaO and CO 2 in the calciner at 870-950 • C according to reaction (1):
CaO + CO 2 ↔ CaCO 3 ( H 650 • C = −171 kJ/mol)
The heat requirement in the calciner is provided by the oxycombustion of additional fuel (Romeo et al., 2008) . Despite the fact that additional heat is required for the calciner, one of the advantages of this system is the possibility to recover surplus heat from hot gas and solid streams leaving the reactors as well as the exothermic carbonation reaction. This additional heat can be used to drive a steam cycle to generate electricity, reducing in turn, the energy penalty of the CO 2 capture system. A disadvantage of CaO-based sorbent is the decreasing CO 2 uptake with the number of carbonation and calcination cycles primarily due to material sintering (Curran et al., 1967) . Although substantial research efforts are currently being undertaken to reduce the decay in CaO reactivity (Lu et al., 2006; Fennell et al., 2007; Gonzalez et al., 2011; Manovic and Anthony, 2011a; Ozcan et al., 2011; , some fraction of the spent sorbent has to be continuously replaced by fresh sorbents. If the spent sorbent from the Ca-looping process can be used as a raw material for cement manufacture (Dean et al., 2011a; Telesca et al., 2014) , the CO 2 emission due to the calcination of limestone in the cement process can be eliminated (Dean et al., 2011b; Rodriguez et al., 2012; Ozcan et al., 2013) .
One of the greatest challenges associated with the Ca-looping process is the need of an energy intensive air separation unit (ASU) to ensure the production of a stream of high purity CO 2 in the calciner. The addition of an ASU also increases the total capital requirement of the plant. A novel alternative for the transfer of pure oxygen into the calciner was proposed recently by Abanades and Murillo (2009) . In their work, a chemical looping combustion (CLC) system was coupled with a Ca-looping process (hereinafter called Ca-Cu looping process) to provide heat to the calciner by the exothermic reduction of a metal oxide (CuO). CLC is a fairly recent CO 2 capture concept, allowing the inherent production of pure CO 2 (after the condensation of steam) (Ishida and Jin, 1994; Lyon and Cole, 2000; Imtiaz et al., 2013) . In contrast to the conventional combustion process, oxygen for the combustion reaction is provided by the reduction of metal oxides according to reaction (2): (2n + m)Me x O y + C n H 2m → (2n + m)Me x O y−1 + mH 2 O + nCO 2 (2) Some well-known oxygen carriers are the oxides of Ni, Cu, Fe and Mn commonly supported by inert materials such as Al 2 O 3 , MgO and TiO 2 (Hossain and de Lasa, 2008) . The exit gas stream from the fuel reactor contains CO 2 and H 2 O, which can then be condensed to obtain pure stream of CO 2 . The reduced metal oxide is re-oxidized with air according to reaction (3):
In theory, the oxidation reaction is always exothermic but the reduction reaction can be either endothermic or exothermic depending on the metal oxide. In the case of Ca-Cu looping process, CuO is one of the most promising oxygen carriers owing to its exothermic reduction with hydrocarbon based fuels and its high oxygen carrying capacity (Abanades and Murillo, 2009; Abanades et al., 2010; Manovic and Anthony, 2011b; Manovic et al., 2011c) .
To date, a variety of experimental demonstrations using CuO/CaO sorbents have been reported for pre-combustion and post-combustion CO 2 capture (Manovic and Anthony, 2011d; Kierzkowska and Müller, 2012) . Due to the low melting point of CuO (1085 • C) and the activity loss of CaO due to sintering, Al 2 O 3 is often added as a support. Abanades et al. (2010 ), Fernandez et al. (2012 and Martinez et al. (2014) investigated this process for hydrogen production and/or electricity generation from natural gas by sorption enhanced reforming. Abanades and Murillo (2009) and Manovic and Anthony (2011d) proposed different process schemes for its practical implementation for the post-combustion applications. Kierzkowska and Müller (2012) reported that a Ca-Cu composite without any inert support can be manufactured by using a co-precipitation technique. Later this group indicated that solgel derived, calcium-based, copper-functionalised CO 2 sorbents possess excellent oxygen-carrying and stable CO 2 uptake capacities . The performance of MgO supported CaO/CuO (Qin et al., 2012) as well as the effects of thermal pre-treatment of CuO and steam addition on the sorbent performance was also examined .
Despite the potential importance of the Ca-Cu looping concept to reduce the energy consumption of the conventional Ca-looping process, this study will be the first to report its technical applicability as a post-combustion technology. Here, we also report the experimental performance of a novel copper-functionalised, calcium-based composite sorbent that is used as a sorbent and oxygen carrier in the Ca-Cu looping process. Furthermore, the comparison of the Ca-Cu looping process with the oxy-combustion, Ca-looping, and amine scrubbing processes in terms of their process energy efficiencies is presented.
Reference CFB power plant
Coal-fired power plants generated 40% of the world's electricity with a global capacity of 1627 GW in 2010, and 75% of this global capacity was from subcritical power plants while the remaining 22% and 3% were from supercritical and ultra-supercritical power plants, respectively (IEA, 2012; Caldecott et al., 2015) . Thus, since the subcritical power plants still dominate coal-fired power generation, a subcritical CFB power plant with a nominal net output of 250 MW e (DOE, 2003 ) is selected to be reference power plant in this study. The simplified process diagram of the reference power plant including a subcritical steam cycle is shown in Fig. 1 (DOE, 2003 (DOE, , 2007 . It burns Genesee coal at full load and uses air as the oxidant for combustion while neglecting CO 2 capture from the flue gas stream. The ultimate, proximate and calorific analyses of Genesee coal are given in Table 1 . The excess air ratio for the combustion is set to 15%, and complete combustion of the fuel is assumed. The steam cycle provides a main steam at 566 • C and 166.5 bar and a reheat at 566 • C and 38.3 bar. A more detailed schematic diagram of the steam cycle and stream properties are given in a previous study (Ozcan et al., 2014) and in the relevant reference (DOE, 2007) . The low peak flame temperature in the CFB boiler minimizes the formation of thermal-NO x , and the environmental limits of NO x emissions can be met without an additional DeNO x system (IEAGHG, 2009). The addition of limestone in the boiler allows the capture of SO 2 from the combustion. By setting the Ca/S ratio to 2.5, a SO 2 capture efficiency of 90% is assumed (DOE, 2003) .
In the reference CFB power plant, coal is fired with preheated air in the boiler. The air is supplied via a fan which increases the pressure by 0.2 bar to overcome the pressure drop in the boiler. The steam cycle consists of a triple-pressure system of high pressure (HP), intermediate pressure (IP) and low pressure (LP) turbines. The condensate leaving the condenser is transported through a series of feedwater heaters (FWHs). Each FWH receives a separate extraction steam from the turbines. The flow rate of infiltration air is assumed to be 2 wt% of that of the flue gas stream from the boiler (DOE, 2003, 2007). The excess heat from the flue gas stream is transferred to the combustion air prior to the baghouse while the final temperature of the preheated air is determined by setting the flue gas temperature to 135 • C to overcome the stack effect (DOE, 2003) . The fine particulate matter in the flue gas stream is removed in a baghouse, and the gas stream enters an induced fan to compensate the pressure drop of 0.05 bar before being discharged to the atmosphere (DOE, 2003) . Although some part of the power requirements for the plant auxiliaries can be estimated by using process simulations, others such as solid handling, preparation and feed units, and particulate removal system have been calculated by sizing the equipments against the reference values given in the DOE report (DOE, 2003) .
3. Reference power plant with the Ca-Cu looping process 3.1. Preliminary process analysis Fig. 2 shows three different solid routes for the Ca-Cu looping process. The solids in the system can be circulated in the following direction: carbonator → calciner (fuel reactor) → air reactor → carbonator (Route 1). In addition, Manovic and Anthony (2011d) proposed two other solid circulation routes, viz. carbonator → calciner → carbonator, labelled as Route 2 and carbonator → air reactor → calciner → carbonator (Route 3). In Route 2, an air reactor is not included since it is assumed that sufficient oxygen is present in the feed flue gas to regenerate the depleted oxygen carrier. Nevertheless, the oxygen content of the power plant flue gas (composition given in Table 2 ) is not sufficient to oxidize the large amount of Cu to CuO. Therefore, Route 2 is not considered here. Route 3 would be another option, but the main concern here is that the temperature of the air reactor needs to be controlled very precisely to prevent any calcination in this reactor. Furthermore, the operating temperature of the air reactor will be lower than that of the calciner which makes heat transfer from the air reactor to the calciner unfeasible. Hence, in this study only Route 1 is analyzed in detail.
The flue gas stream from the reference power plant is fed to the carbonator for CO 2 capture. The pressure drop in each reactor is assumed to be 0.2 bar, and a fan is located on each inlet gas stream to boost the pressure. Distinct from the reference power plant where the heat recovery from the flue gas stream is limited in order to overcome the stack effect, it is possible to recover further heat from the flue gas stream when it is sent to the carbonator. The temperature of the flue gas stream can be reduced to 85 • C instead of 135 • C considering a minimum temperature difference (MTD) of 20 • C in the air preheater. Such heat transfer allows the generation of more steam at high temperature and increases the gross power capacity of the reference power plant.
It should be noted that the main property of a metal oxide to be employed in the Ca-Cu looping system is an exothermic reduction reaction. In this study, a mixture of CuO/CaO/Al 2 O 3 has been selected as the sorbent and oxygen carrier (Manovic and Anthony, 2011d; Martinez et al., 2014) , and methane with a lower heating value (LHV) of 50 MJ/kg is used as the fuel in the calciner. It should be mentioned that the higher cost of methane compared to that of the coal and the lower power efficiency of burning methane directly compared to a Natural Gas Combined Cycle (NGCC) could be the potential drawbacks of this approach. In this new process concept, CaO captures the CO 2 of the flue gas in the carbonator that operates at 650 • C, whereas the heat requirement for the calcination reaction is satisfied by the exothermic reduction of CuO with methane in the calciner. The Cu leaving the calciner is oxidized back to CuO in the air reactor.
All reactions occurring in the Ca-Cu looping process are given in Table 3 . The sum of oxidation and reduction reactions occurring in two different reactors gives the overall methane combustion reaction viz.
It should be emphasized that only approximately 20% of the heat of the methane combustion is usable in the calciner while the remaining has to be recovered, at least partially, in the air reactor. Since the main aim of the Ca-Cu looping concept is to provide heat to the calciner with less expense in the air reactor, it is clear that a method of heat transfer from the air reactor to the calciner is necessary in order to prevent excessive thermal power requirement for this CO 2 capture architecture. Rodriguez et al. (2011) proposed a The SO2 concentration in the flue gas was calculated to be 32 ppm.
Table 3
Chemical reactions defined in the Ca-Cu looping process simulations.
Reactor Reaction
the indirect calcination process that uses high temperature solid circulation from a CFB combustor to a fluidized bed calciner to transfer the heat required for limestone calcination. In this process, the combustor operates at a higher temperature than the calciner, and the heat transferred by hot CaO particles satisfies the heat requirement in the calciner. In this manner, the air reactor can be operated at a higher temperature than that of the calciner in Route 1 as presented in Fig. 3 . The surplus heat from this reactor, transferred by circulation of hot solid particles, reduces the heat requirement in the calciner. It would also affect the sorbent composition since the required methane and CuO flows both reduce with a decrease in the calciner heat requirement. Therefore, the fraction of CuO in the sorbent can potentially be decreased. Another advantage of this approach would be the elimination of a cooling requirement in the air reactor. While higher reactor temperatures facilitate heat transfer by reducing solid circulation rates, it is also well-known that an increase in temperature enhances sorbent degradation due to sintering. The operating temperature of the calciner is, therefore, set to 885 • C considering a 15 • C increase when compared to the equilibrium temperature of the calcination-carbonation reaction (Garcia-Labiano et al., 2002) . The excess CuO ratio is set to 30% to guarantee complete oxidation of methane in the calciner (Forero et al., 2011) . The air reactor temperature is limited to 950 • C. To determine the flow rate of air into this reactor, the molar fraction of O 2 in the O 2 -depleted stream from the air reactor is fixed to 3 mol%, and complete oxidation of Cu is assumed in each cycle Garcia-Labiano et al., 2004) .
Due to the expected degradation of the CO 2 uptake capacity as a result of the high reactor temperatures, a fraction of the spent sorbent needs to be replaced with fresh sorbent. To capture the CO 2 resulting from the calcination of the fresh sorbent, the new material has to be fed to the calciner. The make-up stream contains not only CaCO 3 from limestone but also CuO and Al 2 O 3 that leave the system in the purge. To capture the effect of sorbent attrition, it is assumed that 10% of the fresh sorbent leaves the calciner in the gas stream (CO 2 -rich gas). If the purge stream is removed from the calciner, the heat released by the oxidation of Cu cannot be recovered. To prevent such heat losses, the purge stream is removed from the air reactor. At this point, it is not clear in the literature how a purge stream containing CaO, CuO and Al 2 O 3 can be utilized. However, CaO and Al 2 O 3 are raw materials for cement and can be used potentially for the production of cement clinker. Kolovos et al. (2005) indicated that the addition of 1 wt% CuO to the cement raw meal promotes sintering and improves the burnability of the cement raw meal. It would be more appropriate to separate CuO and Al 2 O 3 leaving the capture system and reuse them in the make-up stream. However, this option requires a more detailed study and is not considered in the scope of this work.
Design of CO 2 compression facilities
It should be highlighted that we have set a minimum CO 2 purity of 95 mol% in all CO 2 capture technologies evaluated here. Even though the infiltration air assumption is kept similar to that of the reference power plant in the proposed Ca-Cu looping process, it is possible to reach the targeted purity without a CO 2 purification stage because there is no excess oxygen or other impurities from coal combustion in the CO 2 -rich gas stream. To support this argument, the approximate composition of the liquid CO 2 -rich gas stream from the Ca-Cu looping process without a CO 2 purification stage is given in Section 7. It is more critical to include the infiltration air assumption in the oxy-firing systems, such as the calciner of Ca-looping process and the combustor of oxy-firing power plant, as it further reduces the CO 2 purity and therefore, reveals the requirement of CO 2 purification stage to reach the targeted purity. Two different CO 2 compression unit configurations are presented in Fig. 4 . The first configuration, shown in Fig. 4a , is used for the Ca-Cu looping process and comprises of four compressors with intermediate cooling, followed by a pump. It excludes a CO 2 purification stage. The gas stream is cooled to 35 • C after each compression cycle, and the condensate is separated. Once the CO 2 stream becomes a dense phase after the final compression stage, the pressure of the liquid CO 2 is boosted to the target pressure of 150 bar via a pump. The second configuration, presented in Fig. 4b , includes a CO 2 purification stage (Xu et al., 2012) . This configuration consists of a compressor train that is similar to the one presented in Fig. 4a excluding the final compression stage and pump, a twostage refrigeration system using the coolant R502 as suggested in Xu et al. (2012) , and a two-stage separation and energy recovery system. In the first separation stage, the feed gas stream is compressed to 24 bar and cooled to −35 • C, while the remaining flue gas is further compressed to 54 bar and again cooled to −35 • C in the second stage. The separated CO 2 in the liquid phase is then compressed to 150 bar. To estimate the power requirement for the CO 2 compression and purification unit (CPU), the coefficient of performance for the refrigeration cycle using R502 as a coolant is taken as 1.36 (Xu et al., 2012) , and the adiabatic efficiency of the compressors, pumps and expanders is estimated to be 80% (Merkel et al., 2010) .
Carbonator model and experimental data for the Ca-Cu sorbent
The carbonator model employed to predict the carbonation efficiency in this study was developed by Romano (2012) . The fast fluidized bed carbonator model is briefly explained in the following while further details, including the manner in which it performs integration with a full process flowsheet, can be found in the relevant references (Romano, 2012; Ozcan et al., 2013) . The model was developed with some assumptions such as uniform temperature; no interphase mass transfer resistance; perfect mixing of the solids; uniform particle size; and uniform superficial velocity. The model is based on the Kunii and Levenspiel (1991) CFB model operating in the fast fluidization regime. Two regions are distinguished inside the carbonator: a lower dense region and an upper lean region. A first order reaction is assumed for the carbonation reaction (Grasa et al., 2008) . The model of Romano (2012) has provided satisfactory results when compared to experimental measurements obtained in lab-scale facilities at Stuttgart University, Germany and INCAR-CSIC, Spain (Charitos et al., 2011) . The carbonator capture efficiency is strongly linked to the molar ratios of the fresh make-up sorbent-to-feed CO 2 (F 0 /F CO 2 ) and feed sorbentto-feed CO 2 (F R /F CO 2 ). As a base study, the first ratio is fixed to 0.1 as this is the average value from different Ca-looping process simulation studies while the latter is adjusted to reach an overall CO 2 capture efficiency of 90%. The overall CO 2 capture and CO 2 avoided efficiencies are calculated by the following equations.
Overall CO 2 capture efficiency = Amount of CO 2 sent to storage Total amount of CO 2 generated (5) CO 2 avoided efficiency = CO 2 intensity reference plant − CO 2 intensity capture plant CO 2 intensity reference plant (6) CO 2 intensity = Amount of CO 2 emitted Net power capacity (7) where the "total amount of CO 2 generated" accounts for CO 2 created from fuel combustion and limestone calcination. Five different cases have been examined by using the Ca-Cu looping and Ca-looping process simulations, and they are named Cases A to E. For both processes, Case A is the base case, for which the process specifications have already been given (0.1 F 0 /F CO 2 and 90% overall CO 2 capture efficiency). In Case B, the CO 2 intensity reduces to 420 kg CO 2 /MW e that is the CO 2 capture target for coal-fired power plants in Canada (EC, 2013b) . There is no cooling requirement in the carbonator of Case C since the entire excess heat in the carbonator can only satisfy the preheating requirement of the feed flue gas. The F 0 /F CO 2 ratio which is a crucial carbonator input parameter is set to 0.05 and 0.15 in Cases D and E, respectively to investigate its effect on the net power efficiency.
The Ca-Cu sorbent that has been studied experimentally using a thermo-gravimetric analyser (TGA) is a physical mixture of Al 2 O 3 -stabilized CuO and Al 2 O 3 -stabilized CaO pellets. The compositions of the two materials are 87 wt.% CuO/13 wt.% Al 2 O 3 and 81 wt.% CaO/19 wt.% Al 2 O 3 . The CaO-based sorbent was synthesized using a sol-gel technique whereas the CuO-based CLC material was prepared using a co-precipitation approach. Details with regards to material synthesis can be found in Broda et al. (2012) and Imtiaz et al. (2012) . In the TGA experiments, the sorbent was first calcined at 850 • C in 10% CH 4 (balance N 2 ) for 20 min. Subsequently the material was carbonated at 700 • C using 35 mol% CO 2 (balance N 2 ) for 40 min. The oxidation step took place at 950 • C in 10% O 2 /90% N 2 for 25 min.
It should be noted that the experimental conditions do not exactly match the simulation conditions. For example, air is selected as the oxidation agent in the simulations, and the experimental cycle times are very long for the carbonator model used. Furthermore, because of the operational limitations of the TGA system, only 10% CH 4 was fed to the system instead of the 100% CH 4 assumed in the simulations. Nonetheless, we feel that the currently available experimental data and the implemented carbonator model are in fair agreement and are sufficient for a preliminary analysis of the proposed configuration. In addition, a sensitivity analysis on the sorbent performance is performed.
Heat exchanger network design for the Ca-Cu looping process
An important issue in the Ca-Cu looping systems is the recovery of heat from high temperature solid and gas streams as well as the exothermic carbonation reaction. It is, however, not possible to recover the thermal power used for limestone calcination unless the purge stream replaces partially the material feed of a cement plant. This option is not included in the scope of this work, and hence the energy required for calcination is lost. There are seven locations in the Ca-Cu looping process where the recovery of excess heat is needed (Fig. 2) : the carbonator, the CO 2 -depleted gas stream, the CO 2 -rich gas stream, the solid stream from the air reactor to the carbonator, the purge stream, the O 2 -depleted gas stream and the air reactor. While the latter is eliminated by the circulation of solids between the air reactor and the calciner, the excess heat from the high temperature O 2 -depleted gas stream can be transferred to the air feed via a tubular regenerative air heater (DOE, 2003) . A heat exchanger network (HEN) has been designed to recover the maximum excess heat for the generation of high temperature steam. The proposed HEN configuration is shown in Fig. 5 and has been supported by a pinch analysis for the estimation of minimum energy requirement (Linnhoff and Flower, 1978) . The subcritical steam cycle configuration given for the reference power plant in Fig. 1 has been modified as an additional steam cycle for the recovery of excess heat provided in the Ca-Cu looping process. Hence, the boiler section in the reference steam cycle design is replaced with the available heat sources in the Ca-Cu looping process. Two important streams in the steam cycle for the production of high temperature steam are the boiler feedwater and cold reheat with temperatures of 252 • C and 366 • C, respectively. By considering a MTD of 20 • C, the CO 2 -rich gas stream can be cooled to 272 • C while heating the boiler feedwater which is further heated by the transfer of excess heat in the carbonator and from the CO 2 -depleted gas stream. Since the CO 2 -rich stream is directly sent to the CO 2 compression unit rather than the stack, it can be further cooled through heat exchange with the methane feed entering the calciner. However, as a result of the very low heat duty required for preheating the methane feed stream, the amount of heat transfer between these streams is limited. Further heat transfer the CO 2 -rich gas stream is only possible if part of the stream dilutions in the FWHs of the steam cycle can be replaced. Hence, the CO 2 -rich gas stream can only be further cooled in two parallel feedwater heaters (PFWHs) as suggested in the DOE reports (DOE, 2003 (DOE, , 2010 . The PFWHs are located between the streams 1-3 and 4-5 on the reference steam cycle given in Fig. 1. The temperatures of the streams 1, 3, 4 and 5 are 38.7 • C, 130.5 • C, 188.3 • C and 218.1 • C, respectively. The MTD in the PFWHs is also set to 20 • C. Furthermore, based on the temperature of the boiler feedwater after the second heat exchange step, the final temperature of the CO 2 -depleted gas stream can be determined by respecting the MTD of 20 • C. This stream can then be further cooled to 135 • C by exchanging heat with the flue gas entering the carbonator. The main steam at 565 • C and 166.5 bar from the first part of the arrangement can then be sent to the HP turbine. In the second part of the arrangement, the reheat stream is heated to 565 • C and 38.3 bar by the transfer of excess heat from the purge stream and solid stream to the carbonator. The final temperature of the latter can be estimated when the temperature of the reheat stream after the first heat exchange step is known. Once this HEN arrangement is defined, the flow rate of the steam can be adjusted to minimize the energy requirement in the HEN.
The CO 2 -rich gas stream leaving the PFWHs enters an induced fan to recover the pressure loss of 0.07 bar before being sent to the CO 2 compression (DOE, 2003) . This assumption is also valid for the CO 2 -rich gas streams from the Ca-looping and oxy-combustion processes detailed in the following sections. For the gas streams directly sent to the atmosphere, such as the CO 2 -depleted gas stream, it is assumed that an induced fan compensates the pressure drop of 0.05 bar as for the flue gas from the reference power plant.
Reference power plant with the Ca-looping process
The schematic diagram of the Ca-looping process is presented in Fig. 6 . The carbonator operates at 650 • C, and it is assumed that the CaO-based CO 2 sorbent is manufactured by the calcination of limestone that is assumed to be 100% CaCO 3 . The following equation is used to describe the decrease in the maximum CaO conversion (X max,N ) of the sorbent after N cycles of carbonation/calcination (Li et al., 2008) .
where a 1 , a 2 , b, f 1 , and f 2 are constants. According to the reports of Grasa and Abanades (2006) and Rodriguez et al. (2010) , the values a 1 = 0.1045, a 2 = 0.7786, b = 0.07709, f 1 = 0.9822 and f 2 = 0.7905 represent well the behaviour of limestone and were, thus, used in Eq. (8) for the estimation of the X max,N in the carbonator model. The calciner temperature is selected to be 900 • C, i.e. 15 • C in excess of the equilibrium temperature for the calcination reaction in a 100% CO 2 atmosphere (Garcia-Labiano et al., 2002) . The heat requirement in the calciner is supplied by the combustion of fuel with oxygen from the ASU. The same type of coal that is fed to the boiler of the reference power plant is used in the calciner, and complete combustion of the coal is assumed. Since Genesee coal has very low sulphur content, the effect of sulphation on the CaO conversion of the sorbent was neglected. Nonetheless it is assumed that the SO 2 produced in the both combustors is fully captured by CaO due to the very high Ca/S ratios. It is also assumed that 80% of the ash from the coal combustion leaves the system as fly ash. The main concern of oxygen firing in the calciner is the difficulty to control the operating temperature. The potential problems include, but are not limited to, high flame temperatures and agglomeration concerns. Therefore, part of the CO 2 -rich gas stream leaving the calciner is circulated and mixed with the oxygen feed to reduce the O 2 concentration and also to maintain the hydrodynamic conditions for fluidization. Up to 70 mol% oxygen firing in a bench scale fluidized bed combustion system has been successfully tested by the DOE (DOE, 2003) . Hence, the O 2 concentration at the calciner inlet was set to 35 mol% in the simulated system. A fan is located on the circulated CO 2 -rich gas stream to overcome the pressure drop of 0.2 bar in the calciner. It is assumed that the onsite ASU supplies oxygen at 1.2 bar with an energy requirement of 231 kWh/tonne O 2 (DOE, 2003) . The purity of the oxygen feed is 99.1 mol%. The required oxygen flow rate is estimated by setting the molar fraction of O 2 in the CO 2 -rich gas from the calciner to 3 mol% (wet-basis). The assumptions regarding sorbent attrition and infiltration air in the Ca-looping process are identical to those made for the Ca-Cu looping process. In terms of CO 2 purity, the Ca-looping system requires a purification stage in the CO 2 compression unit (Fig. 4b) to reach the minimum purity of ≥95 mol% CO 2 .
There are five different locations in the Ca-looping process for heat recovery (see Fig. 6 ): the carbonator; the CO 2 -depleted gas stream; solids from the calciner to carbonator; the CO 2 -rich gas stream; and the purge stream. Since the streams and their temperatures are very similar to those in the Ca-Cu looping process, the HEN design proposed for the Ca-Cu looping process (Fig. 5) can also be implemented for the Ca-looping process. For further heat recovery from the CO 2 -rich gas stream, a PFWH is added between streams 1 and 3 in the steam cycle presented in Fig. 1 to satisfy partially the heat requirement in the FWHs 1-4.
Oxy-firing power plant
The oxy-firing CFB power plant has the same thermal input as the reference power plant but contains two additional units: a cryogenic ASU for oxygen production and a CO 2 CPU. The main difference of the oxy-firing CFB plant compared to the air-fired system presented in Fig. 1 is the replacement of the combustion air with high purity oxygen. Therefore, not only the CO 2 concentration in the flue gas increases but also the heat requirement for nitrogen preheating is avoided. The assumptions made for the calciner of Calooping process such as combustion efficiency and molar fraction of O 2 in the feed gas have been also adopted for the oxy-firing combustor since their operating conditions are very similar. Also, the assumptions of limestone injection and air infiltration are kept similar to those in the reference power plant. The CO 2 -rich gas stream from the convection pass heat exchangers is further cooled to 80 • C in a PFWH located between streams 1 and 2 (at 115.6 • C) in the steam cycle presented in Fig. 1 . For the oxy-firing power plant, the CO 2 capture efficiency would be equal to almost 100% if the CO 2 purification stage is not required. However, the capture efficiency reduces along with the separation efficiency of the purification stage.
Reference power plant with the amine scrubbing process
Finally, a conventional MEA-based capture process is integrated into the reference power plant. The schematic diagram of the amine scrubbing process for CO 2 capture is shown in Fig. 7 . This system comprises an absorber for CO 2 capture and a desorber for the regeneration of the solvent. To obtain accurate performance predictions in these units, the add-on amine thermodynamic package in UniSim Design is used. The technical modelling parameters and the design procedure for the amine-based capture process detailed in Ahn et al. (2013) and DOE (2007) are adapted here.
The level of the NO x and SO x concentrations in the flue gas stream is crucial for the MEA process. These components react with amine to produce amine salts which cannot be dissociated in the stripper. To make the CO 2 absorption using MEA economic, the SO 2 and NO 2 concentrations in the flue gas stream should be restricted to approximately 10 ppm and 20 ppm, respectively (IEA, 2008) . Following the suggestions of the IEAGHG (2009), an external selective catalytic reduction unit is not included because of the very low NO x emissions and the possibility to inject ammonia in the furnace. However, the SO 2 emission limits cannot be achieved by only limestone injection into the boiler of the reference power plant; therefore an external flue gas desulphurization unit (FGD) is included. The flue gas stream enters the FGD unit at 135 • C and it is subsequently sent to a cooler, where it is cooled to 32 • C and part of the water in this stream is condensed out. The stream is then pressurized to 1.31 bar by a blower prior to the absorption stage. The lean amine concentration is set to 30 wt% by adjusting the MEA and water make-up flowrates. The CO 2 -rich sorbent is pumped to the striper which operates at 1.93 bar at the bottom. A water wash tower is included for the recovery of vaporized MEA which is then sent back to the absorber.
An important design issue for the amine scrubbing process is to satisfy heat duty in the steam stripper for solvent regeneration. According to the relevant references (DOE, 2007; Ahn et al., 2013) , it is preferable to extract the steam from the IP/LP crossover (stream Fig. 1 ) in the steam cycle that is expanded from 11.6 bar to 3.1 bar by a let-down turbine. The superheated steam can be further cooled to a saturated steam with a temperature of 134 • C in a desuperheater and is transferred to the stripper with a reboiler temperature of 120 • C. After the use of steam extraction, the condensed water from the reboiler is pumped to 11.7 bar and is returned to the deaerator. The purity of the CO 2 -rich gas stream from the stripper is already very high (∼96 mol%) such that the basic CO 2 compression unit configuration given in Fig. 4a is employed in the amine scrubbing process.
in

Results and discussion
Reference power plant
Burning 103.45 tonne/h coal with a LHV of 21.67 MJ/kg in the boiler of the reference power plant, the total thermal power input from coal combustion is estimated to be 622.7 MW th , which is converted to 269.9 MW e power with a gross power efficiency of 43.3%. The power requirements of the plant auxiliaries are calculated to be 19.9 MW e , which results the net power generation capacity of 250 MW e with a net power efficiency of 40.1%. Furthermore, the CO 2 intensity of the reference power plant is calculated to be 825.2 kg CO 2 /MW e .
Reference power plant with the Ca-Cu looping/Ca-looping processes
The experimental performances of the Ca-Cu sorbent with an overall composition of 74.0 wt.% CaO, 7.5 wt.% CuO and 18.5 wt.% Al 2 O 3 are presented in Fig. 8 . In addition, the cyclic CO 2 uptake of limestone (Grasa and Abanades, 2006 ) is given for comparison. Using mass and energy balance calculations with experimental data given in Fig. 8 , the overall composition of the Ca-Cu sorbent was estimated by the process simulator as 76.3 wt.% CaO, 5.0 wt.% CuO and 18.7 wt.% Al 2 O 3 . This composition is very close to the composition of the experimentally assessed material. The CaO conversion of the Ca-Cu sorbent is higher in the first 60 cycles but reduces the same values of limestone afterwards. The experimental CaO conversion curve of the Ca-Cu sorbent was fitted by Eq. (8), and the conversion data was used in the carbonator model. The fitting constants obtained are summarized in Table 4 . The experimental data was fitted by two curves to increase the accuracy. The first set of parameters fits the experimental data for cycle numbers ≤19 and the second set for the remaining cycles (up to 24 cycles). After a rapid increase in CuO conversion of the Ca-Cu sorbent in the first 4 cycles, the CuO conversion remains stable until the 24th cycle. This behaviour supports the idea of recycling purged CuO in the capture system (Qin et al., 2012; .
The pinch analysis specifications for Case A of the Ca-Cu looping process (Table 5) and that of the Ca-looping process (Table 6) include the supply and target temperatures, heat duty and stream type (hot or cold) of each stream defined in the HEN. The minimum energy requirements for these systems that are calculated by pinch analysis are equal to zero when the flow rates of steam in the additional steam cycles are set to 388.3 tonne/h and 580.5 tonne/h for the Ca-Cu looping and the Ca-looping processes, respectively. Thus, this represents the maximum heat recovery from these processes. The grand composite curves (GCCs) for these systems, developed by using the pinch analysis and presented in Fig. 9 , prove the minimization of cold and hot utilities in the proposed HEN.
The process performances of Cases A to E for the Ca-Cu looping and Ca-looping processes are given in Tables 7 and 8 , respectively. For each Ca-looping simulation case, results for both coal-fired and methane-fired calciners are presented. Unless values are the same, those presented in parentheses refer to methane combustion in the calciner and allow a more appropriate comparison between the Calooping and the Ca-Cu looping processes. In the case of methane combustion, a larger quantity of H 2 O is generated such that the calciner of Ca-looping process can operate at 880 • C to achieve full calcination of the sorbent. The total thermal power input, when (Grasa and Abanades, 2006) . The dashed line is generated using the fitting parameters given in Table 4 .
Table 4
The fitting parameters for the CaO conversion of the Ca-Cu sorbent. either the Ca-Cu looping or the Ca-looping process is added, is the summation of the thermal power supplied to the reference power plant (622.7 MW th ) and that of the capture process. The total thermal power requirements in the Ca-Cu looping cases are less than those estimated for the Ca-looping process. This is because of the higher average CaO conversion (X ave ) of the Ca-Cu sorbent and the corresponding reduction in the sorbent circulation between the reactors (F R /F CO 2 ). The total thermal power inputs in the Ca-looping cases reach almost double of that of the reference power plant. The required F R /F CO 2 ratios were estimated to ensure an overall CO 2 capture efficiency of 90% in Cases A, D and E. A reduction in F 0 /F CO 2 in Case D of both processes requires greater F R /F CO 2 ratios because of the reduction in X ave of the sorbents. In contrast, by increasing the addition of fresh sorbent (Case E), X ave of the sorbents can be increased, and the required F R /F CO 2 ratios decrease. For the Calooping cases, the F R /F CO 2 estimates where methane is used as a fuel in the calciner are slightly higher than for the use of coal. This is due to the fact that the specific CO 2 emissions (kg CO 2 /MW th ) from coal combustion are greater compared to those of methane combustion. Therefore, more CO 2 should be captured in the carbonator coupled with a methane-fired calciner in the Ca-looping process to achieve the same overall CO 2 capture efficiency as a coal-fired calciner. The gross power capacity estimates given in Tables 7 and 8 for the different cases are the summation of that of the reference power plant and the capture process. The value of the first was calculated to be 276 MW e considering additional heat recovery from the flue gas stream before the carbonator. The maximum gross power capacity reaches 544.5 MW e in Case D of the Calooping process owing to a very high F R /F CO 2 that corresponds to a high thermal power requirement. When the gross power efficiency estimates for the Ca-Cu looping and the Ca-looping processes are compared, it can be observed that those for the Calooping process are higher. This is due to the fact that the fraction of heat loss from the calcination of the make-up limestone reduces with increasing total thermal power input. For the same reason, although the heat consumption for the make-up limestone calcination is exactly the same among Cases A to C in both capture processes, the gross power efficiencies in Cases A are greater. The highest gross power efficiencies are achieved in Cases D due to the smaller quantity of heat required for calcination.
The power requirement in the ASU is proportional to the thermal power requirement in the Ca-looping process whereas the power requirement in the CO 2 CPU corresponds to the amount of CO 2 captured. While the power requirement for the ASU is around 0.065 MW e per each MW th supplied to the calciner by coal combustion, this value increases to around 0.072 MW e /MW th when methane is used as a fuel in the calciner. Considering the power requirements of the plant auxiliaries (both for the reference power plant and the Ca-looping process), ASU and CO 2 CPU, the new net power generation capacity of the Ca-looping system can reach up to 400.9 MW e depending on the overall CO 2 capture efficiency, the calciner fuel and the F 0 /F CO 2 ratio. The net power efficiency of the Ca-looping process is the lowest for Case E (31.4% for methane combustion) owing to the great heat loss linked to the calcination of the make-up sorbent, but increases up to 32.9% in Case D at the same overall CO 2 capture efficiency. The energy penalty of CO 2 capture by the Ca-looping process using a coal-fired calciner ranges from 7.8 percentage points to 9.2 percentage points at 90% overall CO 2 capture efficiency according to the results presented in Table 8 . These energy penalty estimates are in a fair agreement with those reported in Romano et al. (2012) for different Ca-looping studies. While the overall CO 2 capture efficiency decreases to around 45% in Case C of the Ca-looping process, the CO 2 avoided efficiency is as high as 89.8% in Case D depending on the CO 2 intensity of this system.
Most importantly, the net power efficiency values for the Ca-Cu looping process are higher than those estimated for the Ca-looping process mainly as a result of the absence of the ASU. In addition, the power requirement in the CO 2 compression unit reduces as no CO 2 purification stage is needed in the Ca-Cu looping process. Without the CO 2 purification stage, the approximate composition of the liquid CO 2 stream from the Ca-Cu looping process is as follows (mol%): 96.2% CO 2 , 2.8% N 2 , 0.8% O 2 and 0.2% H 2 O and that of the Ca-looping process after the purification stage is as follows (mol%): 96.7% CO 2 , 1.4% N 2 , 1.6% O 2 and 0.3% H 2 O. For both processes, the O 2 content of the final gas is within the recommended limits for enhanced oil recovery and saline reservoir sequestration (DOE, 2012) . When lowering the make-up flow, the net power efficiency reaches 36.6% with a CO 2 avoided efficiency of 90.4% in Case D of the Ca-Cu looping process. A greater improvement in the net power efficiency is possible when the make-up flow is further reduced in both capture Fig. 1) 38.7 130.5 13.3 Cold Feedwater (str. 4-5 in Fig. 1) 180.3 218.1 6.9 Cold a The reduction in the temperature is related to the flow of infiltration air into the convection pass heat exchangers. b It is the temperature of flue gas stream after the fan. Fig. 1) 38.7 130.5 14.4 Cold a The reduction in the temperature is related to the flow of infiltration air into the convection pass heat exchangers. b It is the temperature of flue gas stream after the fan.
processes. However, this results in a further increase in the flow of sorbent between the reactors (F R /F CO 2 ) because of the decay in X ave of the sorbents. The sensitivity of the results for the Ca-Cu looping process against the CaO conversion of the Ca-Cu sorbent is given in Fig. 10 . Although it is not possible to predict precisely the CaO conversion behaviour of a sorbent without conducting the relevant experiments, the CaO conversion of the Ca-Cu sorbent presented in Fig. 8 has been reduced by 25% and 50% relative to Case A. The ratio of F 0 /F CO 2 has been retained at 0.1. Therefore, the main difference results from the change in the F R /F CO 2 required to achieve an overall CO 2 capture efficiency of 90%. By lowering the sorbent a) Net Heat Flow (kW) Fig. 9 . Grand composite curves (GCCs) developed by using the pinch analysis specifications given in: (a) Table 5 for the Ca-Cu looping process (Case A); and (b) Table 6 for the Ca-looping process (Case A). performance by 25% and 50%, the required F R /F CO 2 increases to 3.8 and 8.5, respectively. The latter is greater than that of Case A in the Ca-looping process and illustrates when the performance of the Ca-Cu sorbent is worse than that of the limestone in the Ca-looping case. At very high F R /F CO 2 ratios, the solid circulation rate between the reactors increases and this enhances the thermal power requirement in the system. With a reduction of 50% in the sorbent performance, the total thermal power requirement increases by 21%. As mentioned before, such changes in the thermal power input lead to an increase in the gross power capacity of the plant because the heat loss from the make-up calcination becomes less effective. The net power efficiency also increases for the same reason and slightly improves the CO 2 avoided efficiency. However, it should be emphasized again that significantly high solid circulation rates can potentially create difficulties in operation. Importantly, the sensitivity analysis illustrates the superiority of the energy performance of the Ca-Cu looping process against that of the Ca-looping even with a less efficient sorbent. In conclusion, it is clear that the Ca-Cu looping process is an effective way of reducing the energy penalty of the Ca-looping process. Comparing Cases A using methane as fuel in both systems, it can be observed that the improvement is around 3.4 percentage points. However, a detailed cost analysis of the Ca-Cu material is required to reveal the full process economics and have a more appropriate comparison with the Ca-looping process.
Oxy-firing power plant
Although the thermal power input in the reference and oxyfiring power plants are identical, viz. 622.7 MW th , the gross power generation capacity of the latter is slightly higher, i.e. 280.3 MW e , giving a gross power efficiency of 45.0%. As mentioned, this difference is due to the absence of the preheating requirement for nitrogen and a greater heat recovery from the CO 2 -rich gas stream leaving the boiler. However, additional power requirements of 39.1 MW e for the ASU, 27.0 MW e for the CO 2 CPU and 18.5 MW e for the plant auxiliaries reduce the net power generation capacity to 195.7 MW e corresponding to a net power efficiency of 31.4% and an energy penalty of 8.7 percentage points. The energy penalty estimated for the oxy-firing power plant in this study is in the range of those reported in Dickmeis and Kather (2014) (∼8.3 percentage points) and IEAGHG (2014) (∼9 percentage points). The overall CO 2 capture efficiency of the oxy-firing power plant is 94.3%, which is the separation efficiency in the CO 2 purification stage. The final gas composition after the CO 2 CPU is very similar to that given for the Ca-looping process as both systems use oxy-firing combustors. The CO 2 intensity of the oxy-firing power plant is 60.6 kg CO 2 /MW e corresponding to a CO 2 avoided efficiency of 92.7%. In terms of net power efficiency, the oxy-firing power plant is competitive with the Ca-looping process. Although the gross power efficiency of the first is greater because of the heat loss associated with the calcination of the make-up sorbent stream in the Ca-looping process, the gain from the use of less oxygen in the calciner improves the net power efficiency of the Ca-looping process. The difference in the net power efficiency increases further by reducing the makeup flow (as in Case D) whereas further heat loss from make-up calcination makes the oxy-combustion process favourable. All net power capacity estimates for the Ca-Cu looping and Ca-looping processes studied are greater than 250 MW e , i.e. the net output of the reference power plant. An additional source of power would be required for the oxy-firing power plant to obtain the net power The results given in the parenthesis are based on a methane-fired calciner. output of the reference power plant. On the other hand, we would like to highlight that the CO 2 avoided efficiency is higher in the oxyfiring power plant and is only limited to the separation efficiency in the purification stage whereas achieving such high efficiencies are challenging for the Ca-Cu looping and Ca-looping processes due to equilibrium limitations for the carbonation/calcination reactions.
Reference power plant with the amine scrubbing process
For the amine scrubbing configuration, the total thermal power requirement is also equal to that of the reference power plant. The extraction of steam from the IP/LP crossover reduces the gross power generation capacity to 226.6 MW e when the overall CO 2 avoided efficiency is 90%. The thermal energy consumption in the stripper boiler is estimated to be 3.55 MJ th /kg CO 2 which is in agreement with the experimental and simulation studies, e.g. Alie et al. (2005) and Tobiesen et al. (2008) . The additional power consumptions for the reference power plant auxiliaries (19.6 MW e ), amine plant auxiliaries (7.0 MW e ), and CO 2 compression unit (15.4 MW e ) reduce the net power generation capacity to 184.6 MW e , which represents a net power efficiency of 29.6%. Although the power requirement of the CO 2 compression unit in the amine scrubbing process is less than those estimated in the oxy-firing power plant and the Ca-looping process, the net power efficiency of this system is the lowest among the capture processes studied here. The results justify the need of more advanced CO 2 capture technologies for the reduction of energy penalties associated with CO 2 capture.
Conclusions
The process design of a Ca-Cu looping process where the heat requirement in the calciner is met by the reduction of CuO with methane has been carried out. This CO 2 capture architecture has been integrated into a 250 MW e power plant with a net power efficiency of 40.1%, and the variation in total energy consumption has been determined. In addition, the technical performances of alternative technologies such as oxy-combustion, Ca-looping and amine scrubbing have been evaluated for comparison. The Ca-Cu looping process eliminates the need of an energy intensive ASU. Here, the configuration using a solid circulation route of carbonator → calciner → air reactor → carbonator has been selected to allow the transfer of heat between the air reactor and calciner by hot solid circulation. The net power efficiency of this process with an overall CO 2 capture efficiency of 90% increases up to 36.6% at 0.05 F 0 /F CO 2 . However, further studies are still required to investigate the economic performance of this process since the cost of the sorbent could be comparatively high, unless CuO/Al 2 O 3 pellets can be separated from the purge and fly ashes and reused in the system. Furthermore, the results obtained here are based on predictions and represent high-end values. Further validation of the process is still needed. On the other hand, the net power efficiency of the Ca-looping process is as high as 32.9% (at 0.05 F 0 /F CO 2 ) at an overall CO 2 capture efficiency of 90%. Further improvements in the net efficiencies of the Ca-Cu looping and Ca-looping processes are possible if the purge flow rate can be decreased. However, this will in turn increase the total thermal power requirements of these systems and complicate the solid circulation between the reactors. The net power efficiency decreases to 31.4% in the oxy-firing plant mainly because of the power requirements for the ASU and CO 2 CPU. Here, an overall CO 2 capture efficiency of 94.3% is achieved. Although the amine scrubbing process is closest to commercialization, this technology comes with the highest energy penalty (10.5 percentage points) among the CO 2 capture technologies studied here. Moreover, it is found that a power plant integrated with either an amine scrubbing process or an oxy-combustion process suffers from the reduction in the net power capacity. On the other hand, if CO 2 capture is realized via either the Ca-Cu looping process or the Ca-looping process, the net power capacity increases.
